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The disposal of industrial wastewater effluents represents a critical environmental issue. This work focuses on
the treatment of the spent brine produced by the regeneration of ion exchange resins employed for water
softening. For the first time, a comprehensive techno-economic assessment and an analysis of the energy requirements of the treatment chain are carried out, via the simulation of ad hoc implemented models. The chain is
composed of nanofiltration, double-stage crystallization and multi-effect distillation. The valuable product is the
brine produced by the multi-effect distillation, which can be re-used for the regeneration. Therefore, the
treatment chain’s economic feasibility is evaluated via the Levelized Brine Cost, which includes the terms of cost
and revenue of every unit in the chain. Varying the nanofiltration recovery, the treatment system always turns
out to be economically competitive, since the Levelized Brine Cost is lower than the current cost of the fresh
regenerant solution (8 $/m3). In particular, the lowest value of 4.9 $/m3 is found for a nanofiltration recovery of
25%. Moreover, the cost of the reactant used in the crystallization and the revenues of Mg(OH)2 and Ca(OH)2
play a prominent role in all scenarios. Regarding the energy demand, the thermal energy required by the evaporator is the main contribution and covers more than 30% of the operating costs (excluding the cost of the
crystallization reactant, which is balanced by the hydroxides revenues). Therefore, the costs can be significantly
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reduced when waste heat is available in the industrial site. Overall, the treatment chain is economically feasible
and allows reducing the industrial environmental impact by recycling waste streams and waste heat.

1. Introduction

oxidation processes [23], with the purpose of recycling the treated
brine to the following dyeing operation.
Another industrial brine which has been taken into consideration is
the one produced during the regeneration of Ion Exchange resins (IEXs),
which are employed for a wide range of applications. Usually, the regeneration of the resins is carried out by using a regenerant solution at a
certain concentration and the spent regenerant composition depends on
the resins application. For example, IEXs are commonly used for water
purification purposes, to remove perchlorates or nitrates from
groundwater. The removal of these pollutants, for instance via catalytic
reduction technology [24] or via biological treatment makes the re-use
of the treated brine in the IEX regeneration viable and allows the reduction of the amount of fresh salt-water (regenerant) solution to be
employed.
The IEX resins are also commonly used for water softening. In this
case, the spent IEX resins are rich of the hardness (the ions Mg2+ and
Ca2+) removed from the softened water and the solution employed for
the regeneration is a NaCl-water solution. Thus, the waste effluent
arising from the regeneration of the spent resins is a water solution rich
of sodium, chloride, magnesium and calcium ions. The discharge of the
spent regenerant solution may cause serious environmental issues,
especially because of the large volumes produced. A few studies in
literature investigated alternative methods for the regeneration of the
resins and strategies for the brine recycling. Flodman and Dvorak
proposed brine reclaim operations or strategies to reduce salt consumption during regeneration [25]. They found that brine recycling
systems, consisting of a single or a double tank where the spent brine
effluent was partially recycled, allowed reducing the salt consumption
and discharge without an increase of hardness leakage, but with a reduction of the removal efficiency. Hu et al. proposed a novel method to
purify desalinated seawater instead of the conventional two-bed ion
exchange. This process, called Chemical-Free Ion Exchange (CFIE),
consisted of a mixed bed with strong acid and weak basic resins and an
anion bed [26]. Other methods include the employment of thermally
regenerable resins, whose capacity of removing salts from solutions by
sorption depends on the temperature [27] and the introduction of other
cation exchange forms, for example resins charged with Al3+ or with
K+ [28,29]. Regarding the recycling strategies, Chen et al. proposed a
closed-loop consisting of a bipolar membrane electrodialysis stack and a
crystallizer, to restore the acid and the basic solutions used for the regeneration of weak resins and to recover the hardness minerals [30].
For most of these novel regeneration processes, the economic feasibility
is not assessed, while it may constitute a crucial point.
This work proposes a recycling strategy for the spent regenerant
solution of strong resins employed for water softening and presents, for
the first time, a detailed and comprehensive techno-economic and energetic analysis of the whole treatment chain. The chain was developed
within the framework of the EU-funded project Zero Brine [31], whose
aim is to introduce new solutions to treat different types of industrial
brines, promoting a circular economy approach at industrial scale. In
particular, this work deals with the treatment of the industrial brine
produced by the water softening plant, owned by the water industry
Evides, in Rotterdam, The Netherlands. Currently, a fresh regenerant
solution is continuously supplied to the resins and the effluent is disposed into the sea, without a treatment process. On the contrary, the
system analysed in this work presents a treatment chain, which is depicted in Fig. 1. It consists of a Nanofiltration (NF) stage to concentrate
the bivalent cations in the retentate, which is then fed to a double
crystallization stage to produce Mg(OH)2 and Ca(OH)2 crystals. Conversely, the permeate of the NF stage, together with the effluent of the

The increasing environmental pollution along with the growing
demand for energy and raw materials is leading to the need of a more
sustainable development. With this respect, one of the most important
requirements to fulfil, consists in saving water and energy simultaneously [1]. The consumption of water and energy has significantly
increased in the past years and their applications are often interconnected and mutually reinforcing [2]. Water is used in power plants
and energy is fundamental for fresh water production and water
treatment processes [3]. The concept of the ‘water-energy nexus’ describes all the interdependencies and the dynamic linkages between
water and energy [4]. This topic has drawn more and more attention in
recent years and it may constitute the basis of future energy and water
planning. The water-energy nexus has been investigated from several
different angles and on different scales. Comprehensive studies were
carried out from the ‘water for energy’ as well as the ‘energy for water’
perspective. Regarding the first one, water is widely needed in the
energy sector, such as in the fuel production and in the hydropower
generation [5–8]. For what concerns the ‘energy for water’ perspective,
water systems are among the major consumers of energy resources [9].
The energy requirement depends on the water quality and on the process involved [10]. Wastewater treatment is a very electricity-intensive
process and the energy consumption cost was found to cover up to 40%
of the overall municipal wastewater treatment plants’ operating costs
[11]. Therefore, increasing the plants’ energy efficiency may lead to a
net reduction of the expenses [12]. The optimization of the energy efficiency and the identification of the energy inefficiencies in the wastewater treatment plants are very popular topics in literature [13,14].
Many strategies to optimize the energy efficiency are focused on the
energy recovery within the wastewater treatment plants, which may be
realized in self-sufficient plants [15] or via networks containing industrial processes using water, wastewater treatment units and recovery heat exchangers [16]. In general, the exploitation of the thermal
energy stored in the water streams circulating in the network, through
the development of a suitable flowsheet and the design of heat exchangers, allows a net reduction of the total energy requirement [17].
Overall, the investigation of the energy efficiency of wastewater treatment plants has mostly focused on municipal wastewater, although
some studies evaluated also the energy performances of drinking water
treatment plants, applying the energy benchmarks defined for the
wastewater treatment plants [18].
However, nowadays, a rising attention is devoted to the treatment
of industrial wastewater effluents. Therefore, a smart treatment of industrial effluents may represent a double advantage: (i) it would reduce
the amount of wastes injected into the environment and (ii) it would
make the effluents a new source of raw materials. In this context,
several industrial effluents can be considered [19]: among others,
brines produced in desalination plants or effluents deriving from the
textile industry. Different ways to manage the desalination brines were
investigated and implemented, such as brine minimization via thermalor membrane-based technologies, direct re-use or extraction of minerals
and salts for other applications [20–21]. In many cases, especially when
organic compounds have to be removed, energy consumption may be a
major issue. The same can be said for the treatment of textile wastewaters, which represent a very critical issue for the environment, because of the high volumes produced and because of their high content
of organic pollutants (due to the dyes used in the industrial textile
processes). For this reason, the contaminated textile wastewaters are
typically treated via membrane processes [22] or via advanced
2
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Nomenclature

δm
ΔΠ
ΔPlosses
ΔP
ΔψD,bm

A

temperature correction factor for the activity coefficient
[–]
Amembr,elem membrane area of a single NF element [m2]
Amembr,tot total membrane area for each vessel [m2]
C
concentration [mol/m3]
DH
hydraulic diameter relevant to the feed channel [m]
Di,p
diffusivity of the species i within the pore [m2/s]
Di,∞
diffusivity of the species i in the bulk [m2/s]
e0
electronic charge [1.602 × 10−19 C]
F
Faraday constant [9.64867 × 104 C/eq]
f
friction factor [–]
hf
height of the NF feed channel [m]
I
ionic strength [mol/l]
ji
flux of the ion i [m/s]
Jv
water flux through the NF membrane [m/s]
Boltzmann constant [1.38066 × 10−23 J/K]
kB
ki,c
hindered convective mass transfer coefficients of the ions
within the pore [–]
hindered diffusive mass transfer coefficients of the ions
ki,d
within the pore [–]
kbulk
mass transfer coefficient in the bulk [m/s]
c,i
corrected mass transfer coefficient in the bulk [m/s]
k’bulk
c,i
l
length of the discretization interval [m]
Lmix
mixing length of the spacer [m]
M
flow rate [m3/s] (if the unit is not specified)
NA
Avogadro number [6.023 × 1023 mol−1]
ndiscr,L
number of discretization intervals along the NF element
length [–]
nelem
number of elements in each vessel [–]
number of vessels in parallel [–]
nvessel
P
pressure [bar]
Pe
Peclet number [–]
R
ideal gas constant [8.314 J/(K mol)]
Re
Reynolds number [–]
ri
ion radius [nm]
NF membrane pore radius [nm]
rpore
Sc
Schmidt number [–]
T
Temperature [K]
uw
feed velocity [m/s]
x
direction of the feed flow in the NF element [m]
Xd
NF membrane charge density [mol/m3]
y
direction across the membrane from the feed to the
permeate side [m]
z
ion valence [–]

ΔψD,pm
ΔW
ε
εbulk
εpore
ε0
η
ηmix
λ
ξ
Ξ
ρw
Фi
ФB
ψ

Subscripts and superscripts
b
bm
feed
i
j
m
out
p
ret
x

solution entering into the interval along the NF element
bulk-membrane interface (NF element)
solution entering into the element
ion index
index for the discretization along the NF membrane
thickness
inside the NF membrane
outlet of the NF unit
NF permeate along the NF element
NF retentate along the element
index for the discretization along the NF membrane length

Acronyms
CAPEX Capital Expenditure [US$/y]
COD
Chemical Oxygen Demand
DSPM-DE Donnan Steric Pore Model with Dielectric Exclusion
FF
Forward Feed
IEX
Ion Exchange Resins
LBC
Levelized Brine Cost [US$/m3]
MED
Multi-Effect Distillation
NF
Nanofiltration
OPEX
Operating Expenditure [US$/y]
TVC
Thermo-vapor compressor

Greek symbols
γ

NF membrane active layer thickness [μm]
osmotic pressure [bar]
pressure losses along the element [bar]
net driving pressure [bar]
Donnan potential difference at the bulk-membrane interface [V]
Donnan potential difference at the permeate-membrane
interface [V]
Born solvation energy barrier [J]
medium permittivity [F/m]
dielectric constant in the bulk [–]
dielectric constant within the pore [–]
vacuum permittivity [8.854 × 10−12 F/m]
solution viscosity [Pa s]
mixing efficiency of the spacer [–]
ratio between the solute radius and the pore radius [–]
electric potential gradient at the bulk-membrane interface
[V]
correction factor for the mass transfer coefficient [–]
solvent density [kg/m3]
steric coefficient [–]
Born solvation contribution for partitioning [–]
electric potential across the membrane [V]

activity coefficient [–]

crystallization, is sent to a Multi-Effect Distillation (MED) stage, where
the NaCl concentration reaches the one required for the IEX regeneration process. For each stage, we developed a detailed techno-economic
model and then, we connected the models via mass balances to simulate
the treatment chain. The proposed approach allows (i) a net decrease of
the salt and water consumption, (ii) the reduction of the environmental
impact of the industrial process and the amount of produced waste and
(iii) the re-utilization of waste materials and waste heat. The case study
was already presented in a previous work by the same authors [32].
There, only the MED unit was investigated in detail in order to identify
the most suitable operating conditions in presence of different steam
qualities and costs.
This work presents the whole treatment chain as an ‘energy for

water’ system and reports the energy demand of the single units, since
this may constitute a crucial point for industrial wastewater treatment
and its estimation is very much dependent on the effluent under investigation. We therefore make reference to a real case study and the
properties of the effluent to be treated, such as composition and flow
rate, are defined on the basis of the real wastewater effluent generated
by the Evides water softening plant. The technical design of the plant is
always performed with reference to a full-scale, where the whole
amount of effluent produced by IEX regeneration is processed in the
treatment chain. Concerning the economic analysis, the contributions
of the single units are highlighted in terms of costs and revenues given
by the by-products. The economic feasibility of the chain is defined via
the introduction of the global Levelized Brine Cost (LBC), which
3
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Fig. 1. Schematic representation of the treatment chain for the wastewater effluent produced by the regeneration of IEX resins employed in a water softening plant.

represents the cost that the concentrate brine would have at the breakeven point (see Eq. (6) in Section 3). This performance parameter includes for the first time all the terms of cost of the treatment chain and
it is meant to be compared with the cost of the fresh regenerant NaClwater solution, currently employed for the resins regeneration, to
evaluate the competitiveness of the proposed technology. The results
reported in this work concern the impact of some operating conditions,
in particular the nanofiltration recovery and the inlet feed flow rate, on
the global economic feasibility, to identify the most suitable operating
conditions and the most energy-intensive and cost-intensive units in the
treatment chain. Overall, this work focuses on the global treatment
plant design and on the estimation of the energy requirements for the

real case study, with the aim of enhancing the sustainability of the
industrial process producing the effluent.
2. Models
The treatment chain shown in Fig. 1 presents a NF stage, coupled
with a double-stage crystallizer and a MED unit. For each unit, a
technical model was implemented and coupled with an economic tool
for the estimation of the capital and the operating costs. Then, the
models were interconnected via suitable mass-balances to simulate the
treatment chain. Table 1 shows the main inputs and outputs of the three
models: different colours and marks are used in the table to show how

Table 1
Main inputs and outputs of the single models and interconnections in the treatment chain.

INPUTS

OUTPUTS

Nanofiltration

Crystallizer

Multi-Effect Distillation

Feed flow rate
Ions concentration
Feed pressure
Plant Recovery
Ions rejection
Water flux
Plant size
Permeate flow rate and composition - > (i)
Retentate flow rate and composition - > (ii)
Electric energy requirement

(ii) - > Inlet flow rate
(ii) - > Concentration of Mg2+
(ii) - > Concentration of Ca2+
Concentration of the alkaline solution (NaOH)
Alkaline solution flow rate
Flow rate of Mg(OH)2
Flow rate of Ca(OH)2
Effluent flow rate - > (i)
Effluent composition - > (i)
Electric energy requirement

(i) - > Inlet flow rate
(i) - > Inlet NaCl concentration
Required brine composition
Steam temperature
Heat exchanger area
Preheater area
End condenser area
Cooling water flow rate
Steam flow rate
Electric and thermal energy requirements

4

Applied Energy 254 (2019) 113699

M. Micari, et al.

the models are interconnected for the simulation of the treatment chain.
In the real chain, the output retentate produced by the NF unit constitutes the feed solution of the crystallizer (the relevant input of the
crystallizer model and output of the NF model are bolded, index (ii)),
while the solution resulting from the mixing of the nanofiltration
permeate and the crystallizer effluent (see Fig. 1) is the feed solution of
the MED unit (the relevant input of the MED model and outputs of the
NF and the crystallizer models are bolded and in italics, index (i)).
The main modelling activity reported in this work concerns the NF
process, whose implementation at different scales is described in
Section 2.1 and in the Appendix A. Crystallizers are simulated through
the implementation of mass balances to evaluate the flow rates of the
required alkaline solution and the produced hydroxides. The model
adopted for the MED unit is extensively described elsewhere [32] and it
is not reported here for brevity. The MED operating conditions which
resulted to be the best performing [32] are employed for the simulation
of the treatment chain. In the following, a short description of the developed models is reported.

Typically, in spiral-wound elements, a certain number of membrane
leaves are wounded together in a parallel arrangement [38]. The spiralwound elements are placed in series within a pressure vessel, where the
concentrate flow rate produced by one element is fed to the following
one, while the produced permeates are mixed together. In analogy with
high-scale plants described in literature, each pressure vessel includes 6
elements, each one composed of 5 membrane leaves wounded together.
The total membrane area exposed by each pressure vessel is equal to
30 m2 [39]. Also, according to the recovery rate to be achieved (Mp,out/
Mfeed, which corresponds to a required permeate flow rate), several
vessels are typically arranged in parallel in order to increase the
available membrane area [39].
The high-scale model deals with the design of the whole NF plant
and the estimation of the required number of pressure vessels arranged
in parallel (see Fig. 2). A schematic representation of the arrangement
of the NF plant is reported in Fig. 5.
2.1.2. Economic model
Regarding the economic model, the Verberne cost model is employed [39–41]. All the equations of the model are based on practical
data provided by NF units suppliers and its first applications were related to treatment systems for the removal of pesticides, hardness and
nitrate from soil water [39]. The number of vessels, the feed flow rate
and the operating feed pressure are the required inputs. The equations
used for the calculation of the capital costs are reported in Table 2,
where Ccivil [$] represents the cost for the buildings housing the plant,
Cmech [$] the cost for pumps, filters and piping system, Celectro [$] the
costs for the energy supply systems and Cmembrane [$] the investment for
the membrane modules.
In all equations, Mfeed is the total feed flow rate in [m3/h] and Pfeed
is the inlet feed pressure in [bar]. These correlations make reference to
vessels with a membrane area of 30 m2. The capital costs are then linearly depreciated, the depreciation period is assumed equal to 30 years
for the civil investment, 15 years for the mechanical and electro-technical equipment and 5 years for the membranes [39]. These costs are
updated using the Chemical Engineering Plant Cost Index (CEPCI). A
discount rate equal to 6% is considered for the calculation of the annuity, in line with typical values reported in the literature for water
purification and desalination plants [42–43]. Among the operating
costs, the energy cost is calculated taking into account the pump energy
consumption and an average energy consumption of the membrane
system equal to 40 Wh/m3feed [39]. The cost of chemicals is estimated as
0.020–0.025 $/m3 of permeate [41]. Other costs including maintenance, quality control and daily operation are estimated to sum up to
2% of the capital costs [39].

2.1. Nanofiltration
2.1.1. Technical model
The NF model is developed on different scales, i.e. the lowest scale
describes the mechanisms within the membranes; the middle-scale is
relevant to a single NF element; the high scale regards the whole NF
plant, given by a certain amount of vessels arranged in parallel, each
one containing some NF elements in series. The schematic representation of the NF plant, as it is described in the multiscale model, is reported in Fig. 2.
The detailed description of the multi-scale model, including the
equations employed for the low-scale and the middle-scale model and
the description of the iterative procedures is reported in the Appendix
A. For what concerns the low-scale model, the mechanisms within the
membranes are described via the Donnan Steric Pore Model with Dielectric Exclusion (DSPM-DE). In literature, there are numerous studies
regarding the modelling approaches of NF membranes and the DSPMDE model is the most widely used [33–36]. The model allows a full
characterization of the NF membrane, knowing four parameters, i.e. the
membrane pore radius (rpore), the active layer membrane thickness
(δm), the dielectric constant within the pores (εpore) and the fixed
charge density (Xd). These parameters are needed to estimate the
membrane rejection of a species i, defined below.

Ri = 1

C pi
C feedi

(1)

where Cpi is the concentration of the species i in the permeate solution
is the concentration of the species i in the feed.
and Cfeed
i
The DSPME-DE model derives from the resolution of the extended
Nernst-Plank equation along the thickness of the membrane, which
takes into account the three different mechanisms of ion transport, i.e.
convection, diffusion and electro-migration, as shown in Fig. 3. Along
the y axis, which corresponds to the thickness of the membrane, the
membrane is discretized in a certain number of elements, taken equal to
50 in the present work on the basis of a preliminary sensitivity analysis
(see Appendix A.4). The index employed for the elements along the y
axis is ‘j’, while the index ‘i’ represents the different ionic species, as
typically used in literature.
At the middle scale, the membrane model is integrated for the resolution of a whole NF membrane element. A schematic representation
of the NF element, as described in the model, is reported in Fig. 4. The
membrane length, along the main feed flow direction, is discretized and
mass balances are applied to each discretization interval. Note that a
one-dimensional model can be applied to a spiral wound element
without significant errors, as shown by Roy et al. [37], since the variation of the permeate concentration and flow rates along the width of
the membrane is negligible.

2.2. Crystallizer
The treatment chain for the IEX spent brine includes two

Fig. 2. Different scales of modelling of the nanofiltration unit.
5
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the volume [m3] and of two filters, calculated as a function of the area
[m2]. A disc and drum filter is selected as filter unit since its maximum
capacity (i.e. 300 m2 of filtration area) is higher than the one of a plate
and frame filter (i.e. 80 m2). For the calculation of the annualized capital costs (CAPEX of the crystallization) a discount rate of 6% and a
depreciation period of 20 years are assumed. The operating costs include the cost of the energy required by the pumps of the feed solution
and the reactant solution and the energy required by the filter, considering two filtration stages, one for the Mg(OH)2 solution and one for
the Ca(OH)2 solution.
2.3. Multi-effect distillation
The last model employed for this work describes the Multi-Effect
Distillation process. The process has been investigated in detail in the
literature [45–46] and the model employed in the present work is extensively reported elsewhere [32]. The adopted MED plant has a forward feed arrangement (FF), because of the high operating concentrations and the high temperatures [47] and it is supposed to work in
steady-state conditions. The model allows a full characterization of the
flow rates, concentration and temperature profiles along the effects.
The model inputs are the number of effects, the feed flow rate and
salinity, the feed intake temperature, the steam temperature in the first
effect and the temperature of the last effect. The main outputs are the
heat exchanger areas of the evaporators, the preheater and the endcondenser, together with the steam flow rate required in the first effect.
The steam flow rate allows estimating the thermal energy demand of
the plant, which is given by the product of the steam flow rate and its
latent heat at the corresponding pressure (in the present case at 1 bar).
The model is able to simulate the behaviour of a plain MED or a MED
coupled with a Thermo-Vapour Compressor (MED-TVC) and in this last
case, the pressure of the motive steam is one of the inputs, while the
output is the required motive steam flow rate. The technical model is
fully coupled with an economic model, in which the estimation of the
capital costs is performed via the application of the Module Costing
Technique [44]. For the calculation of the CAPEX of the MED [$/y],
again, we assumed a discount rate of 6% and a depreciation period of
25 years [43]. Finally, the estimation of the operating costs is based on
the thermal and electric energy cost and on data relevant to real plants
[48].

Fig. 3. Profiles of electric potential and ionic concentration through the
membrane and relevant fluxes.

crystallization steps: one for the recovery of Mg(OH)2, the other for Ca
(OH)2. A detailed simulation of the crystallizers is beyond the scope of
this work: a simplified model based on mass balances was implemented
to calculate the inlet flow rate and the outlet products flow rate. These
figures are then used for the estimation of the economic parameters.
The underlying assumption is that the hydroxide crystals produced via
this process have the purity, the specific area and the size distribution
suitable to be sold. In the present crystallization process, a first crystallization step is meant to separate the Mg2+ from the solution in the
form of Mg(OH)2; the produced suspension from the first crystallizer is
filtered to get the solid crystals and the filtration effluent is fed to a
second crystallizer where Ca(OH)2 is produced and subsequently filtered. The investigated crystallizer is a plug-flow reactor, where the
brine is fed at the entrance of the tube while the alkaline reactant (a
NaOH solution) is injected into the tube in different equidistant points,
in order to avoid too high supersaturation and to reduce the role of the
primary nucleation. Because of the very low solubility of the two hydroxides, especially of Mg(OH)2, a conversion of 100% typically occurs
in the reactors. Consequently, the total inlet molar flow rate of Mg2+
and Ca2+ is converted into an outlet molar flow rate of Mg(OH)2 and Ca
(OH)2. Furthermore, the estimation of the alkaline solution flow rate
needed for the two separation stages is particularly important: it is
calculated multiplying the entering molar flow rates of Mg2+ and Ca2+,
coming from the nanofiltration, by the stoichiometric coefficient (i.e. 2)
and considering an excess of 10% with respect to the stoichiometric
concentration. The volume flow rate is estimated assuming a concentration of the NaOH solution equal to 1 mol/l. For what concerns the
economic estimations, the capital cost of the equipment is calculated
via the Module Costing Technique starting from the purchasing cost of
two crystallizers [44], one for each mineral, calculated as a function of

3. Case study under investigation and relevant model inputs
This section describes in detail the case study under investigation: it
includes the description of the operating conditions used for the simulations, the parameters of the nanofiltration membranes (Section
3.1), the geometric properties and the main economic inputs (Section
3.2).
In the presented case, the economic feasibility of the proposed
treatment chain is evaluated comparing a global parameter, called
Levelized Brine Cost (LBC), with the cost of the currently used regenerant solution, equal to 8 US$/m3. This cost corresponds to a 9%w/w
NaCl-water solution, estimated considering a cost of the pure NaCl salt

Fig. 4. Schematic representation of an unwound spiral-wound NF membrane element.
6
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Fig. 5. Schematic representation of the arrangement of the pressure vessels in parallel in the NF plant.

in particular the solute rejections and the recovery. For the present
study, the set of membrane parameters is based on previous literature
works concerning NF units fed by solutions with a composition similar
to the one under investigation. Each property is considered independent
of the others, as already stated in [49]. In particular, the membrane
pore radius is often found to be between 0.4 and 0.5 nm [35,50–51],
while some studies showed that the active membrane thickness depends
on the solute size, because of the complex and interconnected internal
structure of the pores [52]. However, the most common range of
membrane thickness is from 1 to 7 μm.
Regarding the dielectric pore constant (εpore), if the dielectric constant variation between bulk and pore is neglected, the value of εpore is
taken equal to 80. In presence of NaCl, this is often found around 40
(values of 33.7 and 42.2 were found in literature for commercial
membranes), while in presence of Mg2+ it has typically higher values
(values of 46.6 and 65.1 were found) [51,53]. Next, the estimation of
the charge density is a much discussed topic in literature, since its value
depends not only on the solutes but also on their concentration. Most of
the membranes are negatively charged at a neutral pH and the charge is
given by the dissociation of sulfonic and/or carboxylic acid groups
[54]. However, the membrane charge is significantly affected by the pH
of the fed solution and its ionic strength. Therefore, the active sites can
be more protonated or deprotonated varying the solution pH and other
charged sites can be given by the adsorption of the ions present in the
solution [55]. For example, Mazzoni et al. showed the trend of the
membrane charge density with the concentration for NaCl and for CaCl2
in presence of commercial membranes [56]. This study, in agreement
with others reported in [57], demonstrated that in a very wide range of
concentration of CaCl2, the membrane presents a positive charge because of the preferential adsorption of Ca2+ on the membrane surface.
Schaep et al. showed how the presence of Mg2+ ions leads to a positively charged membrane in a wide range of concentration [35]. This
study also stated that, in presence of more ions, each component adds
its own independent contribution to the overall membrane charge. In

Table 2
Capital cost estimation for the NF plant [39].
Equation

Equation number

Ccivil = 1034.4Mfeed + 1487nvessel

(2)
(3)

Cmech = 4329.6Mfeed 0.85 + 1089.6nvessel

(4)

Celectro = 1.68*106 + 64.8Pfeed Mfeed

(5)

Cmembrane = 1200nvessel

equal to 65 €/ton (80.2 US$/ton) and a cost of water equal to 1 US
$/m3.
The LBC is given by the sum of the annualized capital and operating
costs minus the revenues of the chain by-products, divided by the
amount of concentrate brine produced by the MED unit (see Eq. (6)).
LBC

$
m3

=

CAPEX + OPEX

RevenueMg (OH )2

RevenueCa (OH )2 Revenue H2 O

Mbrine, MED

(6)

The definition of the LBC as the measure of the economic feasibility
of the treatment chain is built in analogy with the definition of the
Levelized Water Cost (LWC) for desalination plants. Therefore, several
works in literature report techno-economic analyses of desalination
processes, whose profitability is defined through the LWC, which includes the total costs of the technology and the distillate productivity of
the plant [43].
The composition and the flow rate of the effluent, reported in
Table 3, are based on the investigated case study (regeneration of the
IEX resins in EVIDES water softening plant). Regarding the target
product, the concentrate solution produced by the MED and re-usable
for the IEX regeneration must have a fixed concentration of NaCl equal
to 90,000 ppm (~1550 mol/m3). This concentration is used as a design
parameter, together with the steam temperature, the number of effects
and the feed flow rate and concentration, to calculate the required
steam flow rate and the area of heat exchangers and preheaters.
3.1. NF membrane properties

Table 3
Feed flow rate and concentration values.

For what concerns the NF membranes, several works in the literature are devoted to estimating the parameters (pore radius rpore, active
layer membrane thickness δm, pore dielectric constant εpore and charge
density Xd) in different operating conditions. These values are strongly
dependent on the solutes and determine the membrane performances,
7

Mfeed
[m3/h]

CNa
[mol/m3]

CCl
[mol/m3]

CMg
[mol/m3]

CCa
[mol/m3]

CSO4
[mol/m3]

130.0

173.9

662.2

55.6

191.7

3.125
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the case under investigation, the presence of Mg2+ and Ca2+ in concentration much higher than in seawater may likely generate a positive
charge on the membrane surface, which corresponds to higher values of
Mg2+ and Ca2+ rejections. Having said that, in order to characterize a
highly-performing membrane in presence of the investigated solution,
the values of rpore, δm and εpore are taken equal to the ones considered in
previous works for seawater [37] and equal to 0.45 nm, 3 μm and 56.5
respectively. In fact, the components of the investigated brine are the
same of seawater and these values proved to be much performing also
for the case under investigation (see Section 4.1). Conversely, the value
of charge density is assumed equal to 40 mol/m3, since the concentrations are very different from seawater (much higher concentration of
Mg2+ and Ca2+) and the value used by Roy et al. in [37] (−80 mol/m3)
may not be suitable for this system. In this way, it is possible to achieve
values of rejection of Mg2+, Ca2+ and SO42− within the typical intervals reported for the NF units integrated in desalination processes, i.e.
from 85% to 97% for Mg2+, from 70 to 97% for Ca2+ and higher than
95% for SO42− [58]. The values of the membrane parameters employed
in the present work are reported in Table 4.

pressures are not investigated since the maximum operating pressure in
a NF system is generally around 40 bar. Fig. 6a depicts the trends of the
rejection of the ions vs. the feed pressure, with a fixed recovery of 25%
and with the feed flow rate and concentration values reported in
Table 3. Notably, the higher the feed pressure, the higher the rejection
of every ion. This is expected, because a higher feed pressure leads to a
higher water flux through the membrane, when the pore radius and the
membrane thickness are fixed. However, the most significant increase
of the rejection is reported for Na+ and Cl−, while the Ca2+ rejection
growth is less than 10% and the change in Mg2+ and SO42− rejection is
almost negligible. Fig. 6b reports the terms of cost of the NF plant at
different Pfeed, estimated according to the equations reported in Section
2.1.2. Firstly, the capital costs (annualized via linear depreciation)
slightly decrease as the feed pressure increases, because the water flux
through the membrane grows and the number of vessels in parallel
required for the fixed recovery is lower. At the same time, the cost
relevant to the energy supply system (Celectro) increases with the feed
pressure and this effect becomes predominant at higher pressures,
leading to a slight increase of the total capital costs. Conversely, all
operating costs, especially the energy consumption, rise. Since the latter
effect is prominent, the total annualized cost of the NF unit increases
with the feed pressure.
Moreover, the effect of different recovery ratios is studied ranging
from 25% up to 65% (i.e. 25%, 50% and 65%). The range is limited up
to a maximum recovery of 65% because, with a single stage, higher
recoveries would require operating pressures higher than 40 bar. Fig. 7
shows the trends of the rejection of the ions vs. the recovery at a feed
pressure equal to 40 bar and with the values of feed flow rate and
concentrations reported in Table 3. The rejection decreases as the recovery rises, for all ions apart from Na+, whose rejection is almost
constant. The rejection trends are explicable considering that, at higher
recovery, the required number of vessels in parallel is higher and each
vessel is crossed by a lower feed flow rate. This leads to a growing
concentration polarization, which causes a higher driving force for the
ion fluxes through the membrane and a lower rejection.

3.2. Geometric properties of the units and main economic parameters
For what concerns the second part of the results, which is focused on
the economic analysis of the whole treatment chain, the basic geometry
of the plants has to be defined. With this respect, the area of the NF
membrane leaf is equal to 1x1 m2 and the feed spacer thickness is taken
equal to 0.5 mm. The specifications of the crystallizer cannot be reported due to a confidentiality agreement with the company working
on the joint development of the system. Regarding the MED, a plain
MED, fed by waste heat with a pressure of 1 bar, is considered and the
number of effects is fixed and equal to 13, as this is the optimal MED
plant size under these operating conditions [32]. Regarding the economic analysis, the operating costs and the revenues depend on the cost
of the alkaline reactant used in the crystallizer, on the selling price of
the hydroxides and of the water and on the thermal and electric energy
costs. These values are reported in Table 5.

4.2. Treatment chain

4. Results and discussion

4.2.1. Economic analysis and assessment of the energy demand varying the
NF recovery
The following section reports the results of the economic analysis of
the whole chain and the assessment of the energy requirements, collected at three different NF recovery values. As shown in Fig. 6b, for the
present case, the most convenient condition for the NF plant is at the
lowest feed pressure. For this reason, the comparison is carried out at
different NF feed pressures, i.e. 20 bar for a recovery of 25%, 30 bar for
50% and 40 bar for 65%.
The variation of the recovery has several consequences on the chain
performances, which are analysed from the economic and energetic
point of view in Fig. 8 and Fig. 10. Regarding the NF plant, its size (i.e.
the number of required vessels) increases with the recovery and the ion
rejection decreases (as shown in Fig. 7). The first effect leads to a
growth of the total capital costs relevant to the NF unit, while the operating costs increase because the systems work at higher feed pressure,
as shown in Fig. 8. Moreover, for the definition itself of recovery, its rise
corresponds to a reduction of the NF retentate flow rate, which is fed to
the crystallizer. This causes the reduction of the crystallizer volume
and, consequently, the drop of both capital and operating costs.

The results collected within this work are subdivided into two parts:
in the first part (Section 4.1), the results relevant to the NF plant at
different feed pressures and recovery values are reported, with a particular focus on the impact of the electric energy consumption on the
total cost. Conversely, in the second part (Section 4.2) the overall
treatment chain is analysed from the energetic and economic point of
view, through the estimation of the costs relevant to each unit in the
system (NF, crystallizer and MED) and the calculation of the Levelized
Brine Cost (LBC).
4.1. Influence of the operating conditions of the nanofiltration unit
In the following, the NF unit performances are investigated to
identify the most suitable operating conditions to be adopted for the
treatment of the brine produced by IEX resins. The typical recovery of a
NF unit used in desalination plants or in the removal of pollutants from
water is very high (~80%), since in those cases the useful product is the
permeate [58–60]. In this case, both permeate and retentate (after the
crystallization steps) are fed to the MED unit, thus it may be interesting
to investigate also NF units at a lower recovery. The role of feed pressure and recovery is investigated with respect to the performance of the
whole NF plant. For a system with a fixed recovery (25%), the impact of
the feed pressure on the ion rejection and on the overall cost of the
plant is detected and the results are reported in Fig. 6. In this case, three
pressures are considered, i.e. 20, 30 and 40 bar. Notably, it is not
possible to consider lower pressures, since the high concentrations of
the brine lead to a very high osmotic pressure. At the same time, higher

Table 4
Employed NF membrane parameters.

8

rpore
[nm]

δm
[μm]

εpore
[–]

Xd
[mol/m3]

0.45

3

56.5

40
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Table 5
Costs of the reactants, utilities and products used for the economic analysis.
CostNaOH
[$/ton]

PriceMg(OH)2
[$/ton]

PriceCa(OH)2
[$/ton]

Pricewater
[$/m3]

Costtherm.energy
[$/kWhth]

Costel.energy
[$/kWhel]

350

1200

300

1

0.01

0.06

However, these variations are relatively small (compared to other costs)
and are not very evident in the cost overview reported in Fig. 8. At the
same time, the diminution of the bivalent ion rejection with the recovery has various effects. Since the concentration of bivalent ions in
the NF retentate decreases, the required NaOH solution flow rate decreases, but the produced flow rates of Mg(OH)2 and Ca(OH)2 are
lower. From the economic point of view, in the crystallizer, we found a
simultaneous decrease of the expenses due to the reactant used in the
crystallizer and of the revenues due to the minerals’ production, with
the rise of the recovery. It has to be said that the cost of the NaOH
solution constitutes an operating cost in the crystallization stage;
however, it is separated in Fig. 8 on purpose in order to highlight its
weight in the treatment chain. Furthermore, the MED feed is significantly affected by the NF recovery, since it is given by the NF
permeate mixed with the effluent from the crystallizer. The flow rate
fed to the MED slightly decreases with the recovery, because of the
different NaOH-water solution flow rate. The NaCl concentration of the
MED feed depends on the NaOH solution concentration and, assuming a
fixed NaOH concentration equal to 1 M, the MED feed concentration
decreases at higher recovery values, because of the higher permeate
flow rates. At the same time, the higher permeate flow rate causes the
growth of the concentration of bivalent ions in the MED feed, and
consequently in the MED brine. This is because the concentration of
bivalent ions in the NF permeate is higher than in the crystallizer effluent and the rejection worsens when recovery increases. However,
these concentrations are very low in all cases and for the chain with a
recovery of 25%, the concentrations of Mg2+ and Ca2+ in the recirculated brine are around 1.5 mol/m3 and 18 mol/m3, which are less
than 10% of their concentration in the initial resins effluent.
In terms of costs, the decrease of the feed flow rate and NaCl concentration with the recovery growth causes a slight reduction of both
capital and operating costs relevant to the MED plant.
Concerning the global costs, Fig. 8 clearly shows that both the expenses and the revenues decrease with the increase of the recovery. It
has also to be underlined that the costs relevant (i) to the reactant
employed in the crystallizer and (ii) to the MED unit (mostly thermal
energy cost) play the most prominent role among the expenses. Regarding the capital costs, the MED covers the highest percentage, while
the capital costs of the NF unit and the crystallizers, which include also
the filter cost, represent a very small fraction of the total (the cost of the
crystallizer is almost negligible). Turning to the revenues, these are

Fig. 7. Rejection of the ions at different recovery ratios. (Pfeed = 40 bar; Mfeed
and Cbulk values reported in Table 3 and membrane properties reported in
Table 4).

Fig. 8. Annualized costs [$/y] relevant to each unit in the treatment chain for
three NF recovery values.

found to play a crucial role for the feasibility of the system, especially
the ones due to the minerals production. Notably, although the price of
the Mg(OH)2 is much higher than that of Ca(OH)2, the net difference in
their concentration in the effluent makes their revenues comparable
and their sum is similar to or even higher (at low recovery) than the
total cost of the NaOH solution. Also the revenue coming from the
water production in the MED is significant, although it is much lower
than the other two terms, as expected. Overall, the total cost is given by
the difference between the annualized expenses (column on the left for
each recovery value) and the annualized revenues (column on the right
for each recovery value). The total annualized cost is almost constant

Fig. 6. Rejection of the ions (a) and analysis of the cost terms of the nanofiltration plant (b) at different Pfeed [bar]. (Recovery = 25%; Mfeed and Cbulk values reported
in Table 3 and membrane properties reported in Table 4).
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across the three cases. This is mostly due to the fact that, in all scenarios, the dominant terms are the cost of the NaOH solution and the
revenues given by the minerals’ production. These terms are almost
balanced and this leads to a relatively stable total cost.
On the one hand, this analysis highlights the role of nanofiltration
membranes, whose rejection to the different ions has a crucial role for
the revenue estimation. Therefore, from the practical point of view, the
membrane selection plays a fundamental role for the definition of the
performances of the whole treatment system. On the other hand, it is
worth noting the critical weight of the cost of the alkaline solution.
Even if, in the presented cases, the revenues counterbalance the expenditure for the reactant, less expensive alternatives may be considered to further reduce the total costs. However, it has to be said that
the NaOH solution is particularly advantageous because it ensures the
production of pure hydroxide crystals and, importantly, it does not add
other chemicals to the solution than Na+, whose excess can be neutralized with HCl producing NaCl.
Moreover, in order to assess the feasibility of the treatment chain,
another aspect to be considered is the productivity of the system, i.e.
the concentrate solution (Mbrine,MED) produced by the MED, which is
the main product of the chain (Fig. 9a). Also in this case, the recovery
plays a role because the concentration of NaCl in the solution fed to the
MED changes. In particular, the MED inlet concentration decreases with
the recovery, while the outlet concentration of the MED brine is fixed
and equal to 90,000 ppm in all cases. Therefore, according to the global
mass balance in the MED unit, the produced concentrate flow rate results lower at a higher recovery. The combination of these terms leads
to the definition of the Levelized Brine Cost (LBC), reported in Fig. 9b.
Notably, the decrease of the produced Mbrine,MED determines an increasing trend of the LBC with the recovery. However, the increase is
relatively moderate and the maximum value, at the maximum recovery,
is around 5.4 $/m3, while the minimum LBC (at a recovery of 25%) is
equal to 4.9 $/m3. This makes the technology very competitive with the
state of the art, since currently, a fresh solution of NaCl is provided for
each regeneration cycle at a cost of 8 $/m3 [32]. Thus, the proposed
treatment chain reduces the consumption of raw materials (i.e. NaCl
and pure water) and the disposal of brines into the environment, and is
also more convenient than the current system from the economic point
of view.
In relation to the energy demand, Fig. 10a reports the electricity
requirement of each unit, while Fig. 10b shows the total electric and
thermal demands. Notably, thermal consumption is driven by the MED
unit only. The electric energy required by nanofiltration is given by the
pumping energy and a general consumption for the membrane system.
This last term depends on the feed flow rate, so it is constant in the
three cases, while the pumping energy depends on the feed pressure,
thus it rises with the recovery. The electric energy required to pump the

feed in the crystallizer decreases when the recovery increases, however
this term is very low, because of the low pressure required at the
crystallizer inlet (mostly depending on the pressure drops in the nozzles). The electric energy demand of the filtration system is also calculated, starting from the energy consumption data given by the supplier for a certain filter size and scaling this value with the flow rate. In
particular, the energy requirement of the filtration system slightly decreases with the NF recovery. Finally, both thermic and electric energy
demand of the MED unit show a decreasing trend, since the produced
distillate flow rate decreases at higher value of the NF recovery.
Overall, the total electric energy requirement increases with the recovery, because of the increase of the pumping energy in the NF unit
(Fig. 10b). Conversely, the thermal energy consumption decreases with
the NF recovery, since the only contribution is given by the MED unit.
Overall, our analysis shows that the chain including the NF plant
with the lowest recovery (25%) is the best performing from an economic point of view, since it corresponds to the lowest LBC and it allows for reducing the amount of bivalent ions in the recirculated regenerant solution. Regarding the energy requirements, this system
presents the lowest electricity demand but the highest thermal demand.
However, since the real case study provides the presence of low-grade
waste heat at a low cost, a higher heat demand can be met within the
feasibility range of LBC.
In Fig. 11 the operating costs are compared for one case (recovery
equal to 25%), in order to evaluate the role of the energy costs. Since
Fig. 8 showed that the expense due to the reactant in the crystallizer
and the revenues coming from Mg(OH)2 and Ca(OH)2 production are
almost balanced, these terms were excluded. It is worth noting that the
main term of cost corresponds to the thermal energy required by the
MED unit, which covers more than 30% of the total. This is due to the
fact that the thermal energy requirement is much higher (around 60
kWh/m3dist,chain) than the electric energy requirement of NF (around 1
kWh/m3dist,chain, which corresponds to around 3 kWh/m3permeate,NF) and
MED (1.5 kWh/m3dist,chain).
This analysis shows that the specific cost of the thermal energy may
have a crucial impact on the total cost and the utilization of waste heat
allows for reducing significantly the LBC.
4.2.2. Sensitivity analyses
4.2.2.1. Sensitivity analysis on the estimation of CAPEX and operating
costs. The estimation of the capital costs is performed via literature
correlation or using data provided by technology suppliers. However,
the degree of uncertainty in these estimations may be relatively
significant. For this reason, a sensitivity analysis on the capital costs
is performed, introducing a variation of 50% in the total capex and
evaluating the corresponding LBC variation. The results are reported in
Fig. 12, where the error bars correspond to the maximum and the

Fig. 9. Produced brine flow rate (in the MED) [m3/h] vs. the NF recovery (a) and Levelized Brine Cost [$/m3] vs. the NF recovery (b). In chart (b), the red dashed line
corresponds to the current cost of the fresh regenerant solution.
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Fig. 10. Electric power consumption of the treatment chain for the three NF recovery values (a) and overall thermal (due to MED only) and electric power
consumption vs the recovery (b).

minimum calculated LBC. It is remarkable that the LBC variation is
around 30%, even for a variation of the total capital cost of 50%. The
trend of the LBC with the NF recovery remains the same and the
maximum calculated LBC is still lower than 8 $/m3.
Moreover, it is interesting to evaluate the impact of the variation of
the price of the materials on the overall costs, in order to identify the
key components of the system. This analysis is performed for the scenario with a recovery of 25% and the results are shown in Fig. 13. In
this figure the effect of NaOH cost and of Mg(OH)2, Ca(OH)2 and water
selling prices is reported. The red line indicates a LBC variation leading
to a LBC equal to the current cost of the regenerant solution. It is evident that the cost of NaOH is the prominent term in the definition of the
LBC: a NaOH cost increase of 50% corresponds to a LBC increase of
around 180%. This strong dependency is somehow expected on the
basis of the data shown in Fig. 8. Moreover, the effect of the variation of
Mg(OH)2 and Ca(OH)2 selling price is comparable, although the specific
prices are very different (the price of Ca(OH)2 is varied from 150 to 450
$/ton, while the price of Mg(OH)2 from 600 to 1800 $/ton): this is due
to the fact that they have very different concentrations in the NF retentate. Finally, the impact of the water selling price is much lower
compared to the other terms and its variation of 50% gives a variation
of the LBC of around 25%.

Fig. 12. Sensitivity of the Levelized Brine Cost [$/m3] on the capital costs estimation. Bars are related to a ± 50% of total CAPEX.

regeneration of the IEX resins in a real water softening plant. However,
the flow rates of waste effluents may be lower. It is well known that the
specific cost of a generic plant increases when its size decreases because
of economies of scale. For this reason, it is important to recognize a
range of feed flow rates in which the treatment chain is still more
economically advantageous than supplying the fresh regenerant
solution. Fig. 14 shows the LBC as a function of Mfeed for the case of

4.2.2.2. Sensitivity analysis on the feed flow rate Mfeed. The sensitivity
analysis on the feed flow rate aims at investigating how much
economies of scale may affect the overall cost of the treatment chain
and the relevant LBC. In all data shown so far, the feed flow rate is
equal to 130 m3/h, in line with the brine volumes produced by the

Fig. 11. Main operating costs of the treatment chain, excluding the cost of the NaOH solution.
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and at producing the NaCl-water solution re-usable as a reactant in the
following regeneration cycle. The treatment chain includes nanofiltration, double-stage crystallization for the production of Mg(OH)2 and Ca
(OH)2 and multi-effect distillation. A techno-economic model was set
up for each unit and these models were interconnected via mass balances to simulate the integrated system. A global economic parameter,
called Levelized Brine Cost (LBC) is used to assess the economic feasibility. Among the energy requirements of the system, the thermal energy required by the multi-effect distillation is the most relevant term
(around 60 kWhth/m3dist), while the electric demand of the other units
are between 1 and 3 kWhel/m3dist.
Regarding the economic analysis, the multi-effect distillation covers
the highest fraction of the capital costs, nevertheless the operating
costs, and in particular the cost of the alkaline solution employed in the
crystallizers, play the most important role. Notably, the revenues
coming from the hydroxides production are almost able to counterbalance the expense due to the NaOH solution, especially at low nanofiltration recovery. Moreover, the analysis of the other operating cost
terms, with the exclusion of the alkaline solution cost, showed that the
total energy demand of the multi-effect distillation unit covers almost
40% of the OPEX. Therefore, the energy cost, and in particular the
thermal energy cost, may be of crucial importance and the availability
of waste heat at low cost allows a net reduction of the total cost of the
treatment chain.
When the nanofiltration recovery increases, on the one hand, the
membrane rejection worsens and since both revenues and expenditure
decrease, the trend of the annualized total cost showed only a slight
variation. On the other hand, the flow rate of the produced brine decreases: the combination of the variations of total cost and brine production leads to an increasing trend of the Levelized Brine Cost.
However, for all scenarios investigated, the Levelized Brine Cost was
found much lower than the current cost of the regenerant solution, thus
proving the economic feasibility of the proposed treatment chain. The
most feasible configuration presented a Levelized Brine Cost of 4.9
$/m3 with a nanofiltration recovery of 25%.
Finally, varying the feed flow rate Mfeed, we found that, although
economies of scale are responsible for higher Levelized Brine Cost at
low flow rates, the proposed treatment solution remains economically
advantageous for all processes with Mfeed higher than 50 m3/h, which
are typical sizes of industrial wastewater treatment plants.
Overall, this study presents an innovative system for the treatment
and recycling of industrial wastewater, which was developed and
parameterized for a practical application: the treatment of the spent
regenerant solution of ion exchange resins employed for water softening. The analysis of the costs and energy demands of the single units
in the treatment chain allows for identifying the most expensive (in
terms of investment cost as well as operating cost) and the most energyintensive units. The presented results give comprehensive indications
concerning the economic feasibility of the investigated system and
clearly indicate which aspects may be improved in the future.

Fig. 13. Sensitivity analysis on the cost of the reactant NaOH and on the selling
price of Mg(OH)2, Ca(OH)2 and water for the case of recovery equal to 25%.

Fig. 14. Variation of the Levelized Brine Cost [$/m3] with Mfeed.

a recovery of 25%. The LBC relevant to the whole treatment chain
decreases as Mfeed increases, in agreement with economy of scale, and it
shows very high values at very low Mfeed, a sharp decrease until a flow
rate of around 40 m3/h and a flatter trend at the largest Mfeed. It is
remarkable that all industrial cases with a Mfeed higher than 50 m3/h
would exhibit LBC values lower than the current value of the regenerant
solution (i.e. 8 $/m3), thus the proposed treatment chain results very
competitive with the state of the art even in a wide range of operating
conditions.
5. Conclusions
Within the wide framework of the water-energy nexus, this work
presents an ‘energy for water’ system in which a treatment chain is
devised for the industrial wastewater produced by the regeneration of
ion exchange resins in a water softening plant. A comprehensive
techno-economic assessment of the treatment chain, given by the
combination of membrane and thermal desalination processes, and an
evaluation of the energy requirements are presented for the first time.
The chain aims at recovering the minerals in the form of hydroxides,
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Appendix A
A.1. Low-scale: Membrane model, discretization along the thickness (y axis)
The mechanisms within the membranes are described via the Donnan Steric Pore Model with Dielectric Exclusion (DSPM-DE). The DSPME-DE
model derives from the resolution of the extended Nernst-Plank equation along the thickness of the membrane: it takes into account the three
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different mechanisms of ion transport, i.e. convection, diffusion and electro-migration (Eq. (1) in Table A1). Along the y axis, which corresponds to
the thickness of the membrane, the membrane is discretized in a certain number of elements, taken equal to 50 in the present work on the basis of a
preliminary sensitivity analysis (as shown in paragraph A.4). The index employed for the elements along the y axis is ‘j’, while the index ‘i’ represents
the different ionic species, as typically used in literature.
bm
b
p
The main equations are reported in Table A1, where Cm
i,j, Ci , Ci and Ci represent the concentration of the species i in the j-th interval within the
membrane, at the bulk-membrane interface just before entering in the pore, in the bulk solution and in the permeate, respectively. Ji and Jv are the
overall flux of the species i and the solvent (water) convective flux across the membrane, respectively. In addition, ψ represents the electric potential
across the membrane, ξ the electric potential gradient at the bulk-membrane interface, outside the electric double layer, and ΔψD,bm and ΔψD,pm
represent the Donnan potential difference at the bulk-membrane interface and at the permeate-membrane interface, respectively. Ki,c and ki,d are the
hindered convective and diffusive mass transfer coefficients of the ions within the pore, depending on λi, i.e. the ratio between the solute radius (ri)
and the pore radius (rpore), defined in Eqs. (2) and (3). Di,p (Eq. (4)) is the diffusivity of the species i within the pore, which is corrected with respect
to the diffusivity in the bulk via ki,d. Solving the system of equations reported in Table A1 provides the ion partitioning at the two membrane
interfaces (Eq. (5) for the bulk-membrane interface and Eq. (6) for the permeate-membrane interface), which is determined by the Donnan equilibrium, the steric effect (evaluated via the coefficient Фi, calculated via Eq. (11)) and the dielectric exclusion (estimated through the coefficient ФB,i,
i.e. the Born solvation contribution for partitioning, see Eqs. (9) and (10)). This last effect was widely investigated in literature, since it has a
prominent role in the definition of the ion rejection [51,61]. In the interface equilibrium, the concentrations are multiplied by the activity coefficient
γ, to take into account the non-ideality of the solutions, estimated via the Davies equations (see Eqs. (7) and (8)). Other conditions which have to be
fulfilled are the electro-neutrality on the bulk, on the permeate side and inside the membrane, where a fixed charge density Xd is present (Eqs.
(12)–(14) respectively). Moreover, the mass transfer resistance on the bulk side is taken into account to calculate the concentration of the ions on the
bulk-membrane interface (just before entering into the pore). Therefore, the balance in Eq. (15) represents the solute flux from the bulk to the
membrane and it is used to estimate the role of the concentration polarization. The mass transfer coefficient in the bulk, kbulk
c,i depends on the flow
regime and is estimated via the correlation developed for spiral wound membranes [62], reported in Eq. (17). According to Eq. (16), k′bulk
c,i is obtained
multiplying the mass transfer coefficient kbulk
by a factor depending on the permeation flux through the membrane [63]. The concentration poc,i
larization effect is neglected on the permeate side. The solvent flux Jv through the membrane, defined in Eq. (18), is estimated via Hagen-Poiseuille
relation. It depends on the membrane geometric parameters and on the net driving pressure, ΔP, which is given by the pressure difference between
bulk and permeate channel minus the osmotic pressure ΔΠ, given by Eq. (19). Finally, ηmix is the mixing efficiency of the net of the spacer [62], hf is
Table A1
Equations of the implemented DSPM-DE model.
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the height of the feed channel, Lmix is the mixing length of the spacer, Pe and Sc are the Peclet and the Schmidt adimensional numbers respectively,
defined in Eqs. (20) and (21), and uf, ρf and ηf are the feed solution velocity, density and viscosity respectively.
The system of equations composing the DSPM-DE model is linearized according to [36] and solved in Python via the LAPACK routine_gesv. The
problem is then solved via iterations, updating the coefficients of the linearized equations and solving the linear system, until the residuals relevant
to the imposed conditions are low enough (< 1 0−4).
A.2. Middle-scale: Element model, discretization along the length (x axis)
At the middle scale, the low scale model is integrated for the resolution of a whole NF element. In the present middle-scale model, an iterative
calculation is set up, where the average values of the concentration, flow rates and pressure are firstly guessed in each discretization interval (x-th
interval) for the calculation of the osmotic pressure and the bulk mass transfer coefficient, thus the low-scale model is applied to calculate the ions
rejection and the water flux. Finally, the outlet concentrations and flow rates for each discretization interval are calculated via mass balances, as
reported in Table A2. The pressure losses along the element are defined according to [37].
In Table A2, Mp and Cpi are the mass flow rate and the concentrations in the permeate channel, Mret and Cret
are the flow rate and the coni
centrations in the retentate channel, which are equal to the feed flow rate and the concentration of the feed in the next interval (Mb and Cbi).
Amembr,elem and ndiscr,L are the total membrane area of a NF element and the number of discretization intervals along the main feed flow direction.
Regarding the pressure losses definition, f is the friction factor, l is the length of the discretization interval and DH is the hydraulic diameter relevant
to the feed channel, employed also in the calculation of the Reynolds number Re, defined in Eq. (30).
Table A2
Equations to model a nanofiltration element.
Mp x = Mp x

1

+ Jv x
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f

A.3. High-scale: Plant model, vessels arrangement
The high scale model is devoted to calculating the total number of vessels required for the achievement of a certain recovery. In the model, an
iterative calculation is performed to estimate the total membrane area required to achieve a certain recovery rate. Firstly, a guess number of vessels
in parallel (i.e. a guess total membrane area) is given through the ratio between the required permeate flow rate and a guessed average water flow
rate through the membrane (Jv). On the basis of the number of vessels in parallel, the feed flow rate for each vessel is calculated and the series of
elements within the single vessel is solved. Then, the average solvent flux in the vessel is recalculated in relation to the net driving pressure along the
elements, and the total recovery rate is calculated. At this point, the number of pressure vessels in parallel is updated assuming a linear correlation
between the number of vessels and the recovery and another iteration starts. The iterative calculation stops as soon as the overall recovery ratio is
higher than or equal to the required one. This last iterative procedure is of crucial importance, since the solvent flux through the membrane changes
significantly within one element and along the vessel. As a matter of fact, assuming an average flux equal to the one at the first element entrance may
lead to a strong underestimation of the required number of vessels, which would have important economic consequences.
A.4. Membrane-scale model validation and sensitivity analysis
As mentioned in paragraph A.1, the membrane thickness has been discretized in 50 elements. The discretization has been selected as the result of
a sensitivity analysis, where the number of steps was varied from 10 to 100. Fig. A1 shows the trends of the concentration of Ca2+ and Mg2+
throughout the membrane thickness at different numbers of discretization steps. Notably, the trends are overlapped for N higher than or equal to 50.
Therefore, it is possible to conclude that a 50-steps discretization is able to predict accurately the behaviour of the NF membrane.
Finally, the implemented DSPM-DE model was validated via the comparison with some experimental results reported in literature for two
different salt solutions in presence of NF270 membranes [51]. For this case, we adopted the same membrane parameters reported in the reference
work. As shown in Fig. A2, there is a very good agreement between the experimental and the model results for both cases.
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Fig. A1. Sensitivity analysis results: trend of the concentration of Mg2+ and Ca2+ throughout the membrane thickness varying the number of discretization steps.

Fig. A2. Experimental values of rejection of ions and trends simulated by the model in presence of NaCl or MgSO4 solutions with NF270 membranes.
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